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ABSTRACT

This project addresses the issue of determining the optimal input strategies to an industrial
polyethylene reactor that produce desired molecular weight distribution of the polymer. The
control of entire molecular weight distribution is a complex issue when multisites Ziegler-
Natta (Z-N) catalysts are used to produce polyolefins. In this work, the molecular weight
distribution is modeled as a function of the reaction kinetics and hydrogen to monomer
ratio. Using the control parameterization technique, optimal trajectories for the hydrogen
and monomer inlet flow rates were determined such that they produce polyethylene with
pre-specified molecular weight distribution. The results showed that, it is necessary to
control both polymer properties as well as polymerization reaction rate to get the required
distribution. It is also found that optimal input trajectories require at least 15 to 20 hours to

affect polymer quality.
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SUMMARY

Today, polymers are widely used for various products. Each usage requires different
specifications for the polymers. In order to satisfy these demands, companies produce many
different grades of polymer. These grades have a different average molecular weight, or
(and) a different polydispersity index. However, the residence times of some
polymerization reactors, such as loop, tank and fluidized-bed reactors, are normally quite
long; therefore, it takes a long time to change over reactor contents. This leads to a greater
amount of off-specification polymers produced during grade transition. Since the difference
between the market prices of on-specification and off-specification polymers is somewhat
large, it is important for a polymer producing company to perform grade transition
operations in an optimum way so that minimum amount of off-specification product is

produced.

Although the number/weight-average molecular weight and the polydispersity index
are widely used as a measure of polymer quality in the polymerization reaction literature, it
is very useful to obtain the entire molecular weight distribution to access the shape of the
distribution. The control of the entire distribution is an important issue, because in many
polymer applications such as paints and paper coatings, it is required to specify such a
distribution properly [1, 2]. Furthermore, the molecular weight averages can be misleading
when the molecular weight distribution shows bimodalities and/or it has high molecular
weight tails. Moreover, although polydispersity is a useful and convenient measure of the
width of polymer molecular weight distribution, a polydispersity value itself does not
contain enough information about a complete differential molecular weight distribution. It
is possible that polymers of different chain length distribution can have the same
polydispersity value but exhibit significantly different end-use properties. Thus, there is a
strong incentive to develop strategies to control the complete distribution, and not only an

average distribution.

In this work, a procedure will be developed to obtain optimal feed profile for the
hydrogen flow rate, and possibly other process variables. The optimal strategy will intend

to produce polymer with predefined grades. Each grade is defined by the entire molecular



weight distribution instead of the melt index or intrinsic viscosity that is related to polymer
average molecular weight. Specifically, the optimal control aims at broadening the
molecular weight distribution of the grade. In fact, there is a strong demand to produce
polymers having both short and long chains. The presence of short chains is required to
give good processability to the polymer; whereas the high molecular weight fraction
provides good mechanical properties to the polymer. This makes it desirable to produce

polyethylene with a broad molecular weight distribution.



1. INTRODUCTION

Polyethylene is considered the world largest produced synthetic commodity
polymer. During the past decade, consistency requirements in the polymer properties have
led to growing interest in product-quality control schemes for polymerization reactor.
Control of polymerization reactors has long been known to be a difficult task, due to high
non-linearity of the reactions involved and the strong interaction between the reactor
variables. However, there is some reported work on the control of gas phase polymerization
of ethylene in fluidized bed reactors. Industrial gas-phase fluidized bed polyethylene
reactors are operated in a narrow temperature range between 75 °C and 130 °C and without
appropriate temperature control they are known to be prone to unstable behavior,

temperature oscillations and incursions toward serious runaway [3], [4].

Stabilization of polyethylene reactors is therefore a challenging problem and needs
to be addressed through good control. McAuley and McGregor [5], Dadebo et. al.[6], and
Ali et. al.[7], have addressed the stabilization of the reactor temperature through different
approaches. Recently Seki et. al. [8] have also studied the stabilization of gas-phase

polyethylene reactors through an adequate tuning of PID controller.

The control of grade changeover is another challenging problem in the polyethylene
reactor operation. The control objective of the grade changeover is thus to change the
polymer properties from one grade to another in the shortest time possible to minimize the
off-specs products. In the same time, it is necessary to maintain production rate as constant
as possible and to hold reactor pressure within specified bounds to ensure safety. This
problem is usually handled as an offline (open-loop mode) optimization problem with free
end time. This approach is not only challenging but also requires the absence of modeling
error and unmeasured disturbances. This ideal condition; however, does not always exist.

There are numbers of efforts in the literature to deal with this issue [9]-[15].

Theoretically, any desired form of the MWD can be produced by appropriate

fractionation of very broad molecular weight polymer or blending narrowly distributed



polymers. Fractionation is not employed because of different reasons; the main reason is
the extremely high cost of this operation [16]. Blending is not widely used, because most of
the catalysts produce widely-distributed polymers. Moreover, producing polymers, which

are mixed on a microscale level, requires a melting process. This is not economical.

All the alternative techniques rely on a simple experimental principle: mixing of
different polymer materials at the molecular level. This is achieved using one of the

following methods:

1. Using a mixture of different metallocenes [17]-[21] or a hybrid catalyst of Ziegler-Natta
and metallocene catalysts in a one stage process [22]-[24]. This approach has the
advantage that one reactor is required. However, for each polymer grade a sophisticated
catalyst has to be developed in order to adjust the amount, the molecular weight
distribution, the co-monomer incorporation, and the co-monomer distribution of both
fractions formed in the polymerization reaction. Moreover, the mixture of different
catalysts may lead to non-reproducible catalyst behavior due to the high variability of
the polymerization rate of each catalyst [19]. Additionally, this method depends on
implementing a relatively new catalyst that is not widely used industrially. In addition,
such implementation requires a deep understanding of polymerization mechanisms
using these catalysts; which is not a simple task. Finally, this method is still in the
research phase and, it may take a long time before it can be (if it is developed

successfully) widely implemented in industry.

2. Polymerization in reactor cascades, where each reactor is operated at different
polymerization conditions (usually hydrogen concentration). This technology is already
commonly used with Ziegler-Natta catalysts. It has the advantage that only one
optimized catalyst is required for the production of various grades. The desired
molecular weight distribution and co-monomer distribution are designed by the process.
This method is subject to high operational costs [25]. Moreover, it is pointed out that

the overall process has a low throughput since two serial processes are employed [26].



3. Variation of polymerization conditions, specially the concentration of chain transfer
agents, in a single reactor. This approach has the advantage of requiring a single reactor
that simplifies process design and reduces the operational costs. Furthermore, the
periodic operation of continuous chemical reactors can improve the performance of the
reacting system and allow better design and control of the molecular weight distribution
in a single reactor [16], [27]. An example of a process with variation of process
conditions is the multizone reactor developed recently by Basell. The problem with the
two-step process is that the polymer has low homogeneity of the two (or more) polymer
grades and the final polymer particle has a core-shell-like structure. The implementation
of a single reactor, compared to implementing two reactors, improves polymer
homogeneity and assures that the ratio of both polymer products in each particle is
equal to the overall ratio of these products. However, the dynamic operation of the
polymerization reactor is difficult and it is subject to appreciable production of off-

specification products [25].

Molecular weight distribution broadening that is performed using the second and third
approaches implies the production of off-specification products, consequently, the
transition period must be as short as possible. Thus, most of the work done in this field

focuses on finding the optimal profiles for the manipulated variables.

The objective of this project is to investigate the possibility of obtaining specific
polymer quality by special design of the feed flow rates. Specifically, the goal will be to
obtain optimal trajectories for the hydrogen, monomer and maybe the catalyst feed flow

rates that produce predefined molecular weight distribution.

2. THE PROCESS MODEL

The polyethylene reactor process is depicted in Fig. 1. The process model was
developed by [4] and is given below. This model is chosen because its kinetic parameters
were validated against plant data [28]. The definition of the various states and parameters

of the model is given in the nomenclature.
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Fig. 1: schematic of the polyethylene reactor

The model equations listed above are slightly modified than those given by [4]. For
simplicity, the energy balance around the cooler considers the dynamic of the recycle
temperature explicitly instead of the heat removal as used by [4]. In due course, the cooling
process is modeled as well mixed system. The thermal effect of the recycle compressor is
also included in this model. Note that the partial pressure of the reactants can be calculated

directly from the reactant concentrations using ideal gas law.

2.1 PLANT OPERATING CONDITION



In addition to the above modification, the utilization of the model is more
comprehensive in this work. Although, McAuley et al. [4] have determined all the process
parameters, they have not determined the steady state operation condition for the entire
process variables. The steady state values for Cya. Cn, Cn, Ye, Two, Tg, Fm2, Fn and Fy were
not determined. This is because the authors focused their analysis only on the reactor
temperature and the monomer concentration. In this work, the objective is to control the
partial pressures of the gases, the total pressure and the reactor temperature. Therefore, an
initial steady state for the entire process should be determined. One operating condition can

be determined from solving the following steady state optimization problem:

2

* 2 *
min (P:“PMl_ MIH +HPt_Pt (20)
CM1,CM 2,CH CN»YesT sFM 25FH sFN ’BtsUA’TWO!Tg
subject to:
h=f(X,U)=0 (21)

The process operating conditions, i.e. the values of the parameters shown in the

objective function, are determined such that the monomer partial pressure and the total
pressure are fixed at the desired industrial values (Py,,P, ), while satisfying the algebraic

constraints, h that represent the steady state model. The desired values for Py fall in the

range [7~9 atm] while that for the total pressure falls in the range of [18~24 atm]. The

algebraic constraints contain X, which denotes the vector of all process states, and U,
which denotes the vector of all process inputs. The remaining variables and parameters that
are not included in the set of design parameters in the above minimization problem are
fixed at their nominal values as given by [4]. The results of the optimization problem are
listed in Table 1 while the values of the other fixed parameters are given in Table 2. To be
able to make use of the dynamic model, the value of the holdup inside the cooler, My, needs
to be determined. The value is assumed to be around 2x10° moles, which is estimated

roughly from the cooler residence time given by [4] and from the coolant flow rate.



Table 1: steady state operating condition

Cwi 297.06 mole/m® Fyi 131.13 mole/s Y.  5.849 mole Tg 3247K
Cwmz 116.17 mole/m® Fy, 3.5100mole/s T 82.7°C Two 308 K
Ch 105.78 mole/m’ Fn 1.6000 mole/s By 10.39 mole/s Twi 293K
Cn 16623 mole/m® Fy  2.5200 mole/s F,, 3.11x10*mole/s F. 2 kg/hr

Table 2: process parameters

By 70x10"g AH, -894 cal/g Koy 85L/moles Cpy 7.7 cal/mole.K
Cpp 0.85cal/gK kg 01/s ko2 3 L/mole.s Cpm1 11 cal/mole.K
E 9000 cal/mole M,Cp, 1400 kcal/K T 293K Cpn 6.9 cal/mole.K
Vg 500 m’ Fe 8500 mole/s AP 3 atm Cpmz 24 cal/mole.K
Tt 360K UA 1.263x10° cal/s.K a. 0.548 mole/kg Cpy 18 cal/mole.K

2.2 THE POLYMER PROPERTIES MODEL

It is well known that a number of mechanical properties of the polymer such as stiffness,
Transparency, hardness as well as rheological and processability characteristics are strongly
related to the Melt Index (MI) and density. Melt Index and density of the formed polymer

can be related to the gases molar ratio according to [4] as follows:

In(M1)=3.5In k0+k1[M2]+k3[H—2] (22)
M1 [M,]

~ oMy M)

p =P, +p,In(MI) [pz[ml]”wmﬂ (23)

Where
k0=0.4; k1=1 .5; k3=2.2

Po=0.96; p;=0.0025; p;=0.007; p4=0.5

The cumulative Melt index and polymer density can be obtained from the following ODE:



3.50 Lo 22
aMl, _ >0, MI3SMIZS — MI, (24)
dt B,
O
d(l/pc) :_D[l_i] (25)
dt B.\lp A

The instantaneous molecular weight distribution for each type of active sites is given by the

following equation:
yj =1J-a"-exp(-j-q) (26)
While the cumulative distribution is given by:

dy; _0,-(¥j -Y))

dt B @7)

W

Finally the gel permeation chromatography (GPC) reading of the molecular weight
distribution (MWD) is calculated by the following:

GPC = j-yj -In(10) (28)

In the above equations, j is the number of repeating units and q is the is the chain
termination probability, it is defined as q = [sum of chain-termination rates]/[chain

propagation rate] and can be computed from:

Ky, + KX

=——m 7 29
Ky + Ky X +kp 29

In the last equation, X denotes the molar ratio of hydrogen to monomer inside the reactor.
This ratio is a crucial parameter to vary the value of q and consequently the molecular
weight distribution. Careful adjustment of q is necessary to achieve desired polymer

properties as it will be discussed in the results section.
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3. THE ON-LINE NLMPC ALGORITHM
In this work, the structure of the model predictive control (MPC) version developed
by [29] that utilizes directly the nonlinear model for output prediction is used. A usual

MPC formulation solves the following on-line optimization:

P M
min Y [T -Ree [+ [ Adut |’ (30)

AU(t )seeens AU (KM —1) =1 i=1

subject to
ATAU(t, ) <b (31

For nonlinear MPC, the predicted output, y over the prediction horizon P is obtained by the

numerical integration of:

dx
— = f(x,u,t 32
praa LR (32)

y=9(x) (33)

from ty up to tw+p where X and y represent the states and the output of the model,
respectively. The symbols || . || denotes the Euclidean norm, K is the sampling instant, I" and
A are diagonal weight matrices and R = [r(k+1) --- r(k+P)]T is a vector of the desired
output trajectory. AU(t)=[Au(ty) ... Au(tem-1)]" is a vector of M future changes of the
manipulated variable vector U that are to be determined by the on-line optimization. The
control horizon (M) and the prediction horizon (P) are used to adjust the speed of the
response and hence to stabilize the feedback behavior. I' is usually used for trade-off
between different controlled outputs. The input move suppression, A, on the other hand, is
used to penalize different inputs and thus to stabilize the feedback response. The objective

function (30) is solved on-line to determine the optimum value of AU(tx). Only the current

11



value of Au, which is the first element of AU(tx), is implemented on the plant. At the next
sampling instant, the whole procedure is repeated.

To compensate for modeling error and eliminate steady state offset, a regular feedback
is incorporated on the output predictions, Y(tx+;) through an additive disturbance term.
Therefore, the output prediction is corrected by adding to it the disturbance estimates. The
latter is set equal to the difference between plant and model outputs at present time K as

follows:

d(k) = yp(k) — y(k) (34)

The disturbance estimate, d is assumed constant over the prediction horizon due to the
lack of an explicit means of predicting the disturbance. However, for severe modeling
errors, or open-loop unstable processes the regular feedback is not enough to improve the
NLMCP response. Hence, state or parameter estimation is necessary to enhance the
NLMPC performance in the face of model-plant mismatch. In this work, Kalman filtering
(KF) will be incorporated to correct the model state and thus, to address the robustness
issue. Utilization of the NLMPC with KF requires adjusting an additional parameter, G.
More details on the integration of KF with the NLMCP algorithm are given elsewhere [29].
In addition to state estimation by KF, the predicted output will be also corrected by the

additive disturbance estimates of (34).

4. RESULTS

First we simulate the model for the operating condition shown in Table 1 and 2. Figs. 2-4
show the dynamic response of the plant various variables at fixed value for the process
inputs. For this specific operating condition, the molar ratio of hydrogen to monomer inside
the reactor is around 0.35. Fig. 4 shows a relatively narrow molecular weight distribution
with polydispersity index of 3.0 and weight average molecular weight of 42 kg/mole. The
next objective is to show how manipulating the feed flow rates, a different molecular

weight distribution can be obtained.

12
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4.1 EFFECT OF HYDROGEN FEED FLOW RATE

It is believed that altering the hydrogen concentration inside the reactor affects
polymerization reaction kinetics and therefore the polymer quality. For this purpose, we
will study the impact of changing the hydrogen feed flow rate while keeping the monomer
feed rate constant. Fig. 5 and 6 simulate the process for a positive step change in hydrogen
feed rate to a maximum value for about 9 hours followed by a negative step change to zero
value. The idea of this aggressive step changes is to create sharp and sudden changes in the
hydrogen content inside the reactor and consequently in the molar ratio of the hydrogen to
monomer. Long duration for each step change is employed to provide enough time for the
hydrogen pressure to respond. As it can be seen from Fig. 5, these considerable changes in
hydrogen feed rate made a little effect in the hydrogen pressure and its ratio to monomer
pressure. For this reason the molecular weight distribution, in terms of broadening and
average molecular weight distribution, is barely affected as shown in Fig. 6. The marginal

variation in hydrogen pressure is contributed to its slow dynamics bearing in mind that

14



hydrogen is not consumed by the reaction. It is worth mentioning that hydrogen usually
decreases ethylene polymerization rate. However, this effect depends on Ziegler-Natta
catalyst generation and hydrogen concentration inside the reactor as well. In this work,
hydrogen effect is very small, Fig. 5, so that it can be ignored. This means that hydrogen
can be used only to control the molecular weight distribution of the produced polymer;
whereas, other variables, such as monomer feed rate and polymerization temperature, can

be used to control the polymerization rate.

Fig. 7 and 8 illustrate the system reaction to variations in the hydrogen feed flow rate but in
the opposite direction. Specifically, the hydrogen feed rate is brought to its minimum value
for the first 9 hours and then increased to its upper value. Once again, the slow dynamic of
the hydrogen pressure inside the reactor hindered the H,/M; ratio from changing
considerably. As a result the molecular weight distribution is not affected as shown in Fig.
8. Many other attempts with different amplitude and duration for the step changes were
tried. However, no significant results were obtained because the hydrogen transient
response is very slow. Our investigation indicated that broader MWD can be obtained but
at step changes with very large duration periods that exceed the reactor residence time by

many folds which is impractical.
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Fig. 5: Process Responses for Hydrogen up-down Step changes
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Fig. 8: Molecular weight distribution due to down-up changes in the hydrogen feed flow
rate

4.2 EFFECT OF MONOMER AND HYDROGEN FEED FLOW RATES

The previous tests revealed that the slow dynamics of the hydrogen pressure inside the
reactor prevents getting quick alteration of the hydrogen to monomer ratio (X). To speed up
the X response, the monomer feed flow will be changed in coordination with the hydrogen
feed flow rate. Figs. 9 and 10 depicted the result when both the hydrogen and monomer
flow rates are varied between their extreme values. It is obvious that changing the hydrogen
and monomer flow rates simultaneously helped in increasing X rapidly. Increasing the ratio
to a high value and suddenly decreasing it managed to alter the distribution of the polymer
molecular weight as shown in Fig. 10. The solid curve in Fig. 10 corresponds to the initial
operating condition, i.e. before increasing X. The dotted curve corresponds to the beginning
of the second switching point (Maximum ratio) which occurs around 9 hours while the
dashed curve denotes the MWD at the end of the second switching point, i.e. around 16.5
hours. The dotted curve proves that this strategy largely broadens the distribution so that
bimodal distribution can be obtained by manipulating the feed flow rates. However, this is

achieved at the expense of high molar ratio, X ~ 5.0.
Alternatively, we tried to investigate the effect of operating at smaller X. Fig. 10 and 11

simulate the process response to such direction. It can bee seen that setting the monomer

feed rate at maximum and the hydrogen feed rate at minimum for the first 17 hours

17



followed by flipping the low rates will impact the MWD considerably. Clearly, Fig. 11
shows that the MWD becomes broader. Moreover, the distribution moves towards polymer
with higher average molecular weight. It should be noted though, that somehow long period
is used. It took 20 hours of operation to obtain the broadened MWD. Slightly shorter

periods can still produce wider MWD, but no less than 15 hours.

In all previous tests, the amplitude of the step changes was set to their extreme values and
the duration of the step changes were adjusted manually. In the next tests, we will try to

optimize the cycle period, i.e. the duration of each step change.
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Fig. 9: Process response to simultaneous changes in the hydrogen and monomer flow rates

towards higher X.
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GPC

Fig. 10: Molecular weight distribution due to simultaneous changes in the hydrogen and
monomer flow rates towards higher X; solid: start of 1*' step (normal operating condition),

doted: end of 1% step, dashed: end of second step
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Fig. 11: Process response to simultaneous step changes in the hydrogen and monomer feed
rates towards smaller X
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Fig. 12: Molecular weight distribution due to simultaneous step changes in the hydrogen
and monomer feed rates towards smaller X; dash-and-dot: Normal operating condition,
solid: end of first step, doted: end of second step, dashed: end of third step

4.3 OPTIMAL STEP CHANGES

The step changes parameters in all previous tests were chosen arbitrary. Extreme values
were used for the amplitude for the sake of achieving fast dynamic response. These values
caused excessive changes in the production rate and reactor temperature. Therefore, the
amplitude of the step changes can be optimized to avoid such a situation. Furthermore, it is
favorable to move to another MWD in a short time. Therefore, the step change duration can

also be optimized for this purpose.

Fig. 13: Typical step change function
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The inlet flow rates are injected into the process as a square wave, i.e. a series of up and
down step changes as shown in Fig. 13. This input wave consists of four parameters that
need to be designed. The step duration d; and d; and the step amplitude a; and a,. The
nominal value for a specific inlet flow rate is Up. One way to optimally select the value of

these parameters is to solve this cost function:

min j i (GPC, (1) - GPC! fdt (35)
to 1=

Where GPC" is the target MWD, N is the number of GPC elements, usually five points, i.e.
N=5, gauntness accurate description of the MWD. t, is the time at which the grade
transition begins and t is the control horizon. This parameter can be chosen either well
beyond the end of the transition period when the reactor reaches steady state, or it can be
treated as a decision variable and augmented in the optimization problem. The amplitude of

the square wave is related to z as follows:

a1=z*u0; a2=(z“—z)*u0 (36)

Note that the design parameters mentioned above are for single flow rate. For two inlet
flow rates (Hydrogen and Monomer) the design parameters become 6 while the cost
function remains the same. The optimization problem is solved numerically based on the

following bounds:

In the above equations z is a fraction of the nominal value for the process input. The lower
and upper value of z will vary with type of inlet flow and target type (i.e. high or low X) as
will be discussed later. First we test the case of shifting the MWD to the left, i.e. towards
smaller My,. In due course, we are seeking larger X. Therefore, the lower and upper limits
for z for the hydrogen flow rate is (0,1) and that for monomer flow rate is (0.2,1). Here zero

value for the monomer lower limit is avoided to avoid excessive increase of the X. The
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target GPC in (35) is taken from the step change responses. For example, if lower X is
sought, then the dotted curve in Fig. 10 is taken as the target MWD. On the other hand, if

higher X is sought, here the dotted curve in Fig. 12 is considered as the target function.

The results of the optimization problem considering the lower X target are shown in Figs.
14 and 15. The optimization is carried over a simulation time of 25 hours. The method
managed to create a long periods of high hydrogen flow and low monomer flow, a situation
that results in a high X. The latter produced broad bimodal MWD. As expected, the resulted
average My, is less than that at the nominal conditions. Note that the target function is
designed such that it flattens the shape of the GPC and move it towards the left. The
solution of the optimization problem created different input sequence than that shown in
Fig. 9. It is obvious that this situation decreases considerable polymer production rate
because of the minimal monomer feed flow rate. It is worth mentioning that to compensate
for the decrease in monomer concentration, catalyst federate can be optimized to keep
polymer production rate near its target value. However, such scenario is beyond the

objectives of this work.

The Optimization problem is also solved for the case of producing higher M,,. The results
are shown in Figs. 16 and 17. The lower and upper limits for z for the hydrogen flow rate is
(0,0.4) and that for monomer flow rate is (0.6,2). The small value or the upper limit for
hydrogen and large value for the lower limit for monomer is employed to avoid large X and
the large value for the upper limit fir monomer is chosen such that it provides minimal X.
The target function is designed such that it flattens the MWD and moves towards higher
My. Obviously, the procedure helped in developing input sequences that created the broad
MWD shown in Fig. 17.

Despite the success of the above methods, the input sequences created fluctuation in the
reactor temperature (not shown here), and production rate. The temperature fluctuation is
taken care of by the temperature control loop. However, better control design is needed

because the input sequences may become aggressive. On the other hand, the fluctuation in

22



the production rate and the polymer properties should be take care of by incorporating them

in the cost function.
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Fig. 14: Optimal Hydrogen and Monomer flow rates towards broader MWD with smaller Mw.

Fig. 15: MWD for optimal Feed rates towards smaller M,,; solid: target function, doted:
optimized, dashed: normal operating condition
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4.4 Online Optimization

As mentioned in the previous section, obtaining input trajectories that provide desired
MWD is difficult as the final polymer quality is very sensitive to the value of X and to the
dynamics of the polymerization rate. In this sense, maintaining the desired MWD during
process operation is even more challenging. In the presence of model-plant mismatch
and/or when unmeasured disturbances enter the plant, the situation becomes more complex.
For this purpose, w will test the effectiveness of nonlinear Model Predictive Control to
handle this issue. The control objective here is to move the operating point from the normal
one to the one shown in Fig. 15 and maintain it at that value. The result of this case is
shown in Fig. 18 and 19. Tow manipulated variables, which are the monomer and hydrogen
flow rates, are used. The weighting factor for these inputs is A=[1 1]. Eight controlled
variables, which represent specific points in the target MWD, are considered as shown by
the red dots in Fig. 19. The weighting factor for all outputs is given the same value of
v=100. The MWD target function contains 28 points, however only eight points were
selected as controlled outputs to reduce the computation effort consumed by the NLMPC
calculations. The input (M) and output (P) horizons are taken equal to 1 and 40,
respectively. Fig. 18, illustrates how the manipulated variables Fy; and Fy, are altered by
NLMPC in order to obtain the MWD shown in Fig. 19. Moreover, Fig. 18 shows how the
bled flow rate and the cooling water inlet temperature varies by a separate PI controllers to
maintain the total pressure at 20 atm and the reactor temperature at 82 °C. Fig. 19 depicts
the target and controlled MWD. Obviously, NLMPC managed to bring the process MWD
within the target but at high X and very low production rate as shown in Fig. 18. Once
again, this is the same observation discussed earlier in section 4.2. This preliminary result is
promising but further work is needed to investigate the possibility to keep X and OP within
acceptable values and to test the effectiveness of NLMPC to reject the effect of model
uncertainty and/or unmeasured disturbances. Additional work is also needed to examine the
capability of NLMPC to operate the process around the operating condition of higher
average molecular weight in the absence and in the presence of modeling errors and/or

unmeasured disturbances.
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5. CONCLUSIONS

Producing polymers with specific rheological and mechanical properties is an important
aspect of the polyethylene industry. These properties are controlled by the microstructure of
the produced polymer. Among different polymer properties, polymer processability is
considered as one of the major properties of the polymer that determines its final
application. Processability is highly affected by the molecular weight distribution of the
polymer. This distribution can be controlled in different ways. One of the most effective
approaches is to change the operating conditions inside the reactor during the
polymerization reaction. Using this approach, the major role is played by hydrogen to the
monomer ratio that affects not only molecular weight distribution of the polymer but also
the polymerization kinetics itself. Other important variables are catalyst concentration and
polymerization temperature. The MWD is modeled as a function of the reaction kinetics
and hydrogen to monomer ratio and its effect on the MWD is investigated. It is found that
manipulating hydrogen flow rate solely can affect the MWD within certain time limit
because of its very slow dynamics. Whereas, simultaneous alteration of the hydrogen and
monomer flow rates within a period of 20 hours can create significant effect on the MWD.
In fact, optimal input sequences for the hydrogen and monomer inlet flow that produces
broad MWD was obtained. Further investigation is required to reduce the sequence
duration in order to minimize the off specs products. It is also found that possibilities for
broadening the molecular weight distribution depend strongly on the ability to remove
hydrogen from the reactor. For example, the use of catalyst systems which are highly
sensitive to hydrogen, such as Ziegler-Natta catalyst with diether as an internal donor,
might give better results than use of the existing catalyst. This is due to the fact that diether-
catalyst is more sensitive to hydrogen, so that small amounts of hydrogen are required for
polymer molecular weight control. Further study is required to implement the optimal
broadening strategy on-line, which is challenging due to the long times required to calculate
the optimal trajectories. Alternating the type of the fed catalyst to the reactor during

operation is also another challenging issue.
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6. NOMENCLATURE

A

dc

b

Bw

Bt

Cwm1, Cmz, Cn, Ch

Cpm1,Cpmz,
Cpx,Cpn
Cpg, Cpw
Cpp

E

Fe

Fw, Fq

Fm1, Fvz, Fr, Fy
HF, HG, HP
HR

Ka

Kp1, Kp2

Kth

Kp

Kim

M, M,

My,

M:Cpr

Op

P

Pt

Pwm1, Pmz, Pn, Pu

Constant matrix for linear constraints

Active site concentration, mole/kg

Vector of upper and lower bounds for the linear constraints

Mass of the polymer in the bed, gm

Bleed flow rate, mole/s

Concentration monomer, co-monomer, nitrogen, and hydrogen,
mole/m’

Heat capacity of monomer, co-monomer, hydrogen and nitrogen,
cal/mole K

Heat capacity of recycle gas and water cal/mole K

Heat capacity of polymer, cal/g K

Activation energy for propagation, cal/mole

Catalyst flow rate. kg/s

Cooling water and recycle flow rate, mole/s

Monomer, co-monomer, hydrogen and nitrogen flow rate, mole/s
Sensible heat of fresh feed, recycle gas and product, cal/s

Enthalpy generated from ethylene polymerization, cal/s
Deactivation rate constant, 1/s

Propagation rate constant for monomer and co-monomer, L/mole s
Reaction rate constant for chain transfer to hydrogen, m*/mol s
Propagation reaction rate constant, m*/mole s

Reaction rate constant for chain transfer to monomer, m*>/mol s
Control horizon, constant matrix

Water holdup in the heat exchanger, mole

Thermal capacitance of the reaction vessel, kcal/K

Polymer outlet rate, kg/s

Prediction horizon

Total pressure, atmosphere

Partial pressure of monomer, co-monomer, nitrogen and hydrogen,

atm
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q
R

Rm1, Rmz, RH

T, Tt, Tret
Tgi, Tg
Twi» Two
t

UA

Vg

X

Xm1, Xm2, XNy XH
X

Y, Yp

Ye

Y, Yp

Yis yj-’

Greek letters
Au

AU

AH;

chain termination probability
Ideal Gas constant, atm m’/K mole also vector of set points

Consumption rate of monomer, co-monomer, and hydrogen
m’/mole s

Bed, feed and reference temperature, °C

Temperature of recycle stream before and after cooling, °C

Cooling water temperature before and after cooling, °C

Time, s

Overall heat transfer coefficient multiplied by the heat transfer area,
cal/s K

Gas holdup in the reactor, m’

Vector of states

Mole fraction of monomer, co-monomer, nitrogen and hydrogen.
Hydrogen to monomer ratio

Vector of future outputs over n and P, respectively.

Number of moles of catalyst site, mole

Vector of model outputs, and of plant outputs

Cumulative and instantaneous molecular weight distribution

Vector of manipulated variables

Vector of M-future manipulated variables

Heat of reaction, cal/g

Input weight

Output weight

Tuning parameter for kalman filtering

Tuning parameter for the disturbance prediction model.

Coefficient of the disturbance prediction model
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